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This work provides a review of hydrodynamic characteristics such as the slip velocity, the dis-

persed-phase holdup, mean drop size, and axial dispersion of non-mechanically agitated liquid-liquid (L-

L) extractors, with special reference to spray and packed bed columns. The complexity and importance of 

hydrodynamic behavior in designing and scaling up L-L extractors was a driving force to analyze, com-

pare and discuss some important experimental findings available in the literature. The effects of phase ve-

locities and the dispersed-phase holdup on the slip velocity, the mean drop size and the axial dispersion 

coefficient were studied and presented. Empirical correlations for slip velocity, the Sauter mean drop di-

ameter and the axial dispersion coefficient, which were taken from the literature, were commented in 

terms of their applicability. 

 

Keywords: spray and packed bed columns; slip velocity; dispersed-phase holdup;  

Sauter mean drop diameter; axial dispersion coefficient 

 

 
ХИДРОДИНАМИКА НА ТЕЧНО-ТЕЧНИ ЕКСТРАКЦИОНИ КОЛОНИ СО РАСПРСНУВАЊЕ  

И СО ПАКУВАНО ПОЛНЕЊЕ: ПРЕГЛЕД 

 
Во овој труд е направен преглед на хидродинамичките карактеристики како што се 

привидната брзина на фазите, содржината на дисперзираната фаза, средниот пречник на капките, 

како и аксијалните дисперзиони коефициенти во однос на колони со распрснување и пакувано 

полнење. Комплексноста и важноста на хидродинамичкото однесување при дизајнирање и 

димензионирање на L-L-екстракторите беше главен мотив за анализа, споредба и дискусија на 

некои важни експериментални податоци од литературата. Направена е студија и извршена е 

презентација на влијанието на брзината на континуираната и дисперзираната фаза, средниот 

пречник на капките и аксијалниот дизперзионен коефициент. Тие се коментирани во однос на 

нивната применливост, емпириските корелации што се однесуваат на привидната брзина на 

фазите, средниот пречник на капките според Sauter и аксијалниот дисперзионен коефициент 

преземен од литературата. 

 

Клучни зборови: колони со распрснување и пакувано полнење; привидна брзина на фазите; 

содржина на дисперзирана фаза; среден пречник на капки според Sauter;  

аксијален дисперзионен коефициент 

 

 

1. INTRODUCTION 

 

Liquid-liquid extraction is a well-known 
separation process which has been widely used in 
process industries for many years. In this process, a 

solute is transferred between the drops of the dis-
persed phase and the bulk of the immiscible con-
tinuous phase [1, 2]. Studying the steady-state 
movement of drops within the liquid phase is rec-
ommended by researchers to obtain a theoretical 

mailto:miso@uns.ac.rs


M. N. Sovilj, B. G. Nikolovski, M. Đ. Spasojević 

Maced. J. Chem. Chem. Eng. 38 (2), 267–282 (2019) 

268 

basis for liquid-liquid extraction systems. The 
spray column is the simplest column among liquid-
liquid (L-L) extraction columns. Packed columns 
are similar in principle to spray columns, but they 
are more efficient because packing elements serve 
to decrease axial mixing, reduce back-mixing of 
the continuous phase, provide tortuous pathways 
for the two liquids, and can also cause distortions 
and breakup the drops. As a result, mass transfer 
can be further improved [3]. Because of their sim-
plicity, the spray and packed column are frequently 
used instead of other extraction columns in the re-
search of drop behavior mass transfer ratio, etc. [4, 
5]. One of the most important characteristics of 
liquid extraction columns is the dispersed-phase 
drop behavior, due to its effect on the mass transfer 
coefficient [6, 7]. While a large number of papers 
exist in the literature concerning the prediction of 
the drop size distribution in liquid-liquid disper-
sions in extraction columns, most of them are only 
applicable to particular conditions of these pro-
cesses [8]. Relative simplicity, speed and a wide 
scope of solvent extraction processes contribute to 
their numerous applications in various industrially 
important fields. Mass transfer efficiency and ca-
pacity in liquid-liquid contactors depend not only 
on the chemical systems and their physical proper-
ties, but also on many other factors, some of which 
are the amount of the solvent present in the extrac-
tor, the mass transfer direction and the drops’ path 
length and velocity [3, 6–8]. 

The complexity and importance of hydrody-
namic behavior in designing and scaling up L-L 
extractors was a driving force to analyze, compare 
and discuss some important experimental findings 
available in the literature. For the design and scale-
up of L-L extractors, knowledge of hydrodynamic 
parameters such as the slip velocity between the 
phases, the mean drop size, the dispersed-phase 
holdup, the axial dispersion coefficient, and the 
mass transfer coefficient is necessary [8, 9]. 
 

 

2. THEORY 

 

2.1. The basics of the liquid-liquid extraction  

process and design 
 

In the extraction process, the liquid feed 
mixture is brought into close contact with the sec-
ond liquid solvent phase, referred to as the extrac-
tion solvent, in which the feed’s components can 
be partitioned to different extents. The selected 
solvent should be nearly immiscible with the liquid 
feed mixture and should selectively dissolve the 
feed’s components, preferably only the desired 
components of the liquid feed mixture. During the 

extraction process, the drops of the dispersed phase 
accumulate below or above the continuous phase 
and the boundary between the continuous phase 
and the drop dispersion is called the interface. Rap-
id coalescence in the extrication system is related 
to high interfacial tension, and slow coalescence 
rates are attributed to low interfacial tension [1]. 
The potential for separating the feed components is 
determined by the differences in this interaction. 
The mass transfer rate between two liquid phases 
can be calculated by multiplying the driving force 
applied, the mass transfer area and the mass trans-
fer coefficient [1, 3]. 

The basis for the design of the liquid-liquid 
extraction process in many cases is to conduct la-
boratory studies on solvent extraction (shake tests 

under realistic conditions) which provide necessary 
experimental equilibrium data. In order to design 
L-L extractors, to predict a useful feed-solvent ra-
tio with the required number of theoretical stages 
and the resulting internal hydraulic tower traffic, 
proprietary methods and the commercially availa-

ble process simulation software can use. [3]. At the 
same time, the design of an extraction column that 
is very often based on pilot plant data and design 
experience reviews is far from optimum[3]. Name-
ly, if the amount of the solvent is high compared to 
the feed, the solute mass transfer is favored [4]. 

When the solute is transferred to the dispersed or-
ganic phase, an increase in efficiency may be ob-
served compared with the opposite direction of 
transfer, although this transfer direction can also 
result in decreased throughput capacity [5, 6]. The 
effects of drop deformation, oscillations on the 

mass transfer rate, and the phenomena of the Ma-
rangoni convection in liquid-liquid systems have 
been extensively studied in the literature [7]. How-
ever, a wide drop size distribution in a turbulent 
flow is considered to be one of the main problems 
in designing L-L extractors [7]. Such polydispersi-

ty, which can occur in L-L extraction systems, to-
gether with wall bypassing, channeling, and large 
scale circulations at the phase inlet, causes differ-
ent or varying drop velocities [8–10]. 

 

2.2. Spray and packed bed columns 
 

Numerous extractors have been described in 

the literature [7–12]. The continuous operation is 
carried out in spray and packed columns, both of 
which are non-mechanically agitated, i.e. static, 
plate columns. Pratt and Stevens [6] summarized 
the characteristics of the most important types of 
industrially relevant extractors, and also discussed 

the selection, design and scale-up of the equip-
ment. Some of the simplest designs in L-L extrac-
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tion are spray columns without internal elements 
and packed columns containing randomly filled 
and stacked packing elements, tube columns or 
columns with structured packing [6]. Spray col-
umns and packed bed columns are the most im-

portant and vastly studied extractors with the 
gravity force as a separation factor. 

The spray extraction column represents a 
limiting case of the packed column and because of 
its simple nature has been investigated extensively 
in the laboratory [6]. A number of studies by 
Hughmark [13], Letan and Kehat [14], and Steiner 
and Hartland [15], have investigated the hydrody-
namic characteristics of the spray column. Gener-
ally, the spray column extractor efficiency is quite 
low due to problems that are inherent to a low in-
terfacial area of liquid phases, the lack of disper-
sion-coalescence cycles inside the extractor, and 
substantial back-mixing in the continuous phase. It 
has been shown that back-mixing is reduced when 
the spray column operates with the dense packing 
of drops and high dispersed-phase holdups. The 
other way to increase the efficiency of the spray 
column is to introduce an inert gas phase (oxygen, 
nitrogen, air) in the two-phase L-L system [16]. 
This method of energy introduction increases the 
turbulence within the three-phase gas-liquid-liquid 
(G-L-L) system, which causes the improved dis-
persion of drops, a higher dispersed-phase holdup 
and consequently a greater mass transfer area. Dif-
ferent empirical relations have appeared in the lit-
erature that describe functions of slip velocity, the 
dispersed-phase holdup, the gas-phase holdup, the 
axial dispersion coefficient, and the mass transfer 
coefficient in G-L-L systems [17–19]. 

While the spray column cannot compete 
with the sophisticated and efficient extractors now 
used in industry, its advantages lie in its simplicity, 
low operation costs, and insensitivity to impurities 
[20]. The spray column extractor is a good choice 
when fluids contain high quantities of suspended 
solids. Moreover, it provides a suitable standard 
for checking hypothetical models and theoretical 
principles, which then may be extended to other 
extractor types by respecting additional influences 
[21]. The difficulties in scaling up extractors are 
caused by the complexity of internal flows that are 
usually far from ideal and more difficult to predict 
than mass transfer phenomena themselves. It is 
assumed that if the internal flows are properly 
marked, the descriptions of mass transfer rates may 
be reduced to several standard situations which are 
connected to the formation and movement of 
drops, films, and jets [22–24]. 

The packed bed extraction column is filled 
with different packings, random or orde-

red/structured, which causes greater values of mass 
transfer coefficients and a higher efficiency com-
pared to the spray tower. In practice, the packed 
column can be operated with Raschig rings, Berl 
saddles, Pall rings (ceramic or metal), Intalox sad-
dles, corrugated sheet metal and corrugated metal 
gauze, Flexipac structured packing, Sulzer struc-
tured packing [25], and some other new packings 
such as Nutter rings [8]. The packing increases the 
drops’ path, i.e. the flow path length, consequently 
increasing residence time for the drop phase and 
the dispersed-phase holdup. At the same time, it 
decreases the axial component of the drop velocity, 
thus reducing the axial back-mixing of the contin-
uous phase caused predominately by the drag ef-
fect of the drops [6, 24, 25]. The packing reduces 
the available free space for flow but also signifi-
cantly reduces the height required for mass transfer 
[25]. On the other hand, packed columns are an 
important unit of industrial equipment, especially 
in the petrochemical industry. The dispersed-phase 
holdup is related the pressure loss and is a charac-
teristic parameter of the operated column. It influ-
ences the heat and mass transfer in the column 
[24–26]. There is very little information in the pub-
lished literature on the packed column with gas 
agitation. Because the extraction efficiency of the 
packed column is higher than that of the unpacked 
column, it is expected that the combination of 
packing and gas agitation can greatly enhance the 
L-L contact and mass transfer in the extraction. 

In some cases, spray and packed bed extrac-
tion columns have been studied simultaneously [5, 
6, 24–26]. According to the findings of Appel and 
Elgin [26], the spray column may be either more or 
less effective than the packed column operated un-
der the same conditions. Appel and Elgin [26] also 
concluded that the dispersed-phase flow rate had a 
greater influence on the capacity of the packed 
column (1.27 cm Berl saddles) than on the contin-
uous-phase flow rate. Seibert and Fair [11] investi-
gated and discussed the mass transfer efficiencies 
and hydrodynamic characteristics of packed ex-
traction columns filled with five different packings 
and the spray column. The performance of these 
packings was compared with results obtained in 
the spray extraction column. Maćkowiak [12] ana-
lyzed and confirmed several previously published 
observations of other authors, like Sherwood et al. 
[6]. In particular, Sherwood et al. studied 1.27 cm 
and 2.54 cm carbon Raschig rings as well as 1.27 
cm ceramic Perl saddles in comparison with the 
spray column operated under the same conditions. 
They observed that the packed column was signifi-
cantly more efficient than the spray column. Sher-
wood et al. [6] also concluded that packing had a 
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negligible effect on the mass transfer coefficient 
but was effective, in addition to the available inter-
facial area. Seibert and Fair [11] emphasized that 
packings improved mass transfer by 2–3 times in 
comparison with mass transfer in the spray col-
umn. Seibert and Fair’s [11] study also confirmed 
that the drop diameter was a very minor function 
of the flow rates and packing types. However, ac-
cording to Seibert and Fair [11] high-efficiency 
packings gave greater combined capacities and 
mass transfer efficiencies than traditional random 
packings. Additionally, in high interfacial tension 
systems, metal Intalox saddle packing promoted 
the faster breakup of drops. Salimi-Khorshidi et al. 
[27] determined a value of the mass transfer coef-
ficient of the packed column (1 cm stainless steel 
Raschig rings) which was about 25 % greater than 
that of the spray column under similar conditions 
for the toluene-acetone-water system. The interfa-
cial area and velocity of the phases for mass trans-
fer are higher for the packed column, because, at 
the same flow rates of the dispersed and continu-
ous phases for both columns, the Sauter mean drop 
diameter is smaller for the packed column in com-
parison with that of the spray column [27]. 

 
 

3. LITERATURE SURVEY  

OF HYDRODYNAMIC CHARACTERISTICS 

 

The hydrodynamic characteristics of a sys-
tem represent one of the main difficulties in the 
scale-up of L-L extractors [28]. As for the design, 
difficulties occur mainly due to the dispersion in 
radial and axial directions; however, in most cases, 
radial dispersion has a small influence. Extractor 
equipment without mechanical agitation, such as 
spray or packed columns, has a high level of per-
formance despite a small interfacial area in both 
phases because of relatively large drop sizes [29]. 

The main hydrodynamic characteristics in 
the non-agitated extraction column are the slip ve-
locity between the phases, the dispersed-phase 
holdup, the continuous-phase holdup, the drop size 
distribution, and the continuous-phase axial disper-
sion coefficient. The drop size distribution plays a 
key role in liquid extraction systems and accompa-
nying hydrodynamic and mass transfer characteris-
tics [30]. Prediction of liquid dispersion is essential 
for the optimization of liquid-liquid extraction col-
umns' design. Dispersion of liquid will depend on 
the selected liquid distributor type and design 
(number and size of nozzles), and the packed beds' 
height. However, the results of laboratory experi-
ments focused on liquid dispersion phenomena 
cannot be directly extrapolated because a laborato-
ry column diameter and height values are at least 

one order of magnitude lower than the correspond-
ing geometric characteristics of an industrial col-
umn [31, 32]. Thus, it is necessary to rely on in-
dustrial feedback or to eventually use computa-
tional fluid dynamics simulation tools. 

The following section reviews the effects of 

hydrodynamic characteristics on the operation in 

some non-mechanically agitated L-L extraction 

columns. 

 

3.1. Slip velocity and dispersed-phase holdup 
 

Mass transfer between the liquid phases in a 
non-mechanically agitated extraction column de-
pends on its operating conditions and geometry 
that determine flowrates and patterns, the physical 
characteristics of solvents and the solute concentra-
tions. At the same time, the most important charac-
teristic is the contact interfacial area between the 
continuous and the dispersed phase. The contact 
interfacial area for mass transfer depends on the 
dispersed-phase holdup, the rate of drop formation 
and the average surface area per drop, which can 
be calculated if the mean drop size is known. It is 
therefore important, at the design stage, to be able 
to predict the dispersed-phase holdup [6, 32–35]. 

Sovilj et al. [32] investigated the hydrody-
namic characteristics of liquid-liquid system tolu-
ene-water in a pilot plant extraction column (D =10 
cm, L = 273.5 cm, dN = 0.15 or 0.20 cm). The ef-
fect of the dispersed-phase holdup on the ratio of 
dispersed-phase superficial velocity and character-
istic velocity is presented in Figure 1.  
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Fig.1. Effect of the dispersed-phase holdup (d) on the ratio  

of dispersed-phase velocity and characteristic velocity 

(Ud/U0), dN = 0.15 cm (Source: Sovilj et al. [32]) 
 

 

Figure 1 shows that the ratio Ud/U0 tended to 

increase when the dispersed-phase holdup (d ) was 

increased. From Figure 1 it can be also concluded 
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that the dispersed phase holdup characteristic of 

the flooding point was not achieved for the flow 

conditions used. 

At the flooding point, flow rate(s) of the 
phase(s) increase to the extent that a second inter-
face at the opposite end of the column to the main 
interface appears. In order to understand the prin-
ciples behind flooding and to predict it, the slip 
velocity between the phases and the characteristic 
velocity are defined. In the spray L-L extraction 
column, the basic hydrodynamic characteristics for 
the counter-current flow are connected by the rela-
tionship of Godfrey and Slater [36]: 

 

𝑈𝑠 =
𝑈𝑑

ℇ𝑑
+

𝑈𝑐

(1−ℇ𝑑)
                      (1) 

 

There have been many attempts to relate the 
slip velocity to the holdup. The dispersed-phase 
holdup for spray columns can be related to the 
phase flow rates by the following relation, derived 
originally for packed columns, and applied subse-
quently to pulsed and rotary annular columns [36]: 

 
𝑈𝑑

ℇ𝑑
+

𝑈𝑐

(1− ℇ𝑑)
= 𝑘 𝑈0 (1 −  ℇ𝑑)             (2) 

 

where k is the constant. 

A plot of [Ud + Ucℇd/(1 – ℇd)] vs. ℇd(1 – ℇd) 
is linear with a slope of kU0 and enables the charac-
teristic velocity to be determined from the flow 
rate and holdup measurements. In the case of spray 
columns, it is possible to predict U0 on the basis of 
the normal correlation of the free-falling velocity 
for spheres, assuming the drop size to be given by 
Hayworth and Treybal’s relationship [37]. 

Varfolomeev et al. [38] corrected Eq. (1) by 

the addition of a new part, as follows: 
 

𝑈𝑑

ℇ𝑑
+

𝑈𝑐

(1−ℇ𝑑)
= 𝑈0(1 −  ℇ𝑑)𝑚           (3) 

 

where m is defined by: 
 

𝑚 = 1.22 (
𝑑

𝑐

)
2

                         (4) 

 

If the static dispersed-phase holdup is defined as 

ℇst = Ud/Us, when Uc = 0, Eq.(1) can be rewritten in 

the form: 
 

𝑈s =
𝑈𝑑

ℇ𝑠𝑡
 =  

𝑈𝑑

ℇ𝑑
+

𝑈𝑐

(1−ℇ𝑑)
                  (5) 

 

On the other hand, the slip velocity is a 
function of the drop size, physical properties of the 
L-L system and the dispersed-phase holdup. 
Pilhofer [39] developed the following equation to 
correlate the slip velocity in the spray L-L extrac-
tion column: 

𝑈𝑠 𝑑 𝑐

𝑐

=
3 𝑤 𝑞2ℇ𝑑

[(1− ℇ𝑑)𝑞3𝐶1]
{[

𝐶1𝑞3 𝐴𝑟 (1− ℇ𝑑)

54 (𝑤 𝑞2ℇ𝑑)2+ 1

3

]
0.5 

−  1}   (6) 

 

where C1 is the constant. On the basis of the analysis 

of 591 data points for 16 systems from 8 different 

sources, Kumar et al. [40] presented a simple model 

for the prediction of the holdup and slip velocity in 

spray columns in which the continuous phase moves 

counter-current to the dispersed phase: 
 

𝑈𝑠
2

𝑑𝑔
= 2.725 (



𝑐

) (
1 − ℇ𝑑

1 + ℇ𝑑
1/3)

1.834

          (7) 

 

This equation is valid for 7 < Re < 2,450 and 

0.01 <ℇd < 0.75. The equation predicts the slip ve-

locity to within 10 % for 70 % of the data points 

and to within 20 % for 92 % of the data points. Eq. 

(7) gives the average absolute relative deviation 

(AARD) of 13.5 % and 14.5 % for the slip velocity 

and dispersed-phase holdup, respectively [40]. 

Kumar and Hartland [41] developed an empirical 

expression for the prediction of the dispersed-

phase holdup and slip velocity in drop dispersions 

settling under gravity. The analysis of 998 pub-

lished experimental results for 29 liquid-liquid sys-

tems from 14 different data sources shows that the 

slip velocity of the drop swarm is given in terms of 

the drop diameter and physical properties of the 

system by: 
 

4 𝑑 𝑔 (1− ℇ𝑑)

3 𝑐𝑈𝑠
2(1+4.56 ℇ𝑑

0.73)
= 0.53 +

24 𝑐

𝑈𝑠 𝑑 𝑐

        (8) 

 

Good agreement between the experimental 

and predicted values of the slip velocity was ob-

tained over a wide range of holdups (0.01 to 0.76) 

and Reynolds numbers (0.16 to 3,169). 

Seibert and Fair [11] investigated the results 
of mass transfer efficiencies and hydrodynamic 
characteristics of a 10.24 cm i.d. packed extraction 
column. The glass extraction column had a 170 cm 
spray contacting height (distance between distribu-
tors) or a 155 cm packing height, with 50 cm coa-
lescing sections at each end. The performance of 
five different packing elements was compared with 
that of an empty (spray) column. Two different 
chemical systems were used: toluene-acetone-
water, and 1-butanol-succinic acid-water. Funda-
mental models were developed to account for the 
flooding, dispersed-phase holdup, and mass trans-
fer efficiency. 

Kumar and Hartland [42] presented empiri-

cal correlations which reproduce the slip velocity 

data over a wide range of variables. Using a large 

bank of published data (3,700 data points) empiri-

cal equations, not including the holdup for each of 
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the columns, were suggested for pulsed perforated-

plate, Karr reciprocating-plate, rotating disc and 

spray extraction columns [42]. According to these 

authors, the presented equations are simpler and 

more exact than previously published empirical 

correlations involving the characteristic velocity. 

Explicit correlations for the holdup in both the 

loose and densely-packed regions of operation in 

spray columns are also presented, which do not 

involve the slip velocity [42]. 

On the basis of a large number of published 

experimental results for eight different types of ex-

traction columns, namely rotating disc, asymmetric 

rotating disc, Kühni, Wirz-II, pulsed perforated-

plate, Karr reciprocating-plate, packed, and spray 

columns, a unified correlation for the prediction of 

the dispersed-phase holdup was presented by Kumar 

and Hartland [43, 44]. The analysis of data with and 

without mass transfer showed that the holdup can be 

expressed in terms of the mechanical power dissipa-

tion, phase flow rates, physical properties, and col-

umn geometry. The limitations of previously pub-

lished correlations with regard to their application 

and solution were demonstrated. 

In order to improve the correlation for the 

slip velocity given by Eq. (7), Sovilj [18] redefined 

this equation by adding a dimensionless group 

(UddN/σ): 
 

𝑈𝑠
2

𝑑𝑔
= 4.436 (



𝑐

)
1.135

(
1 − ℇ𝑑

1 + ℇ𝑑
1/3)

2.729

(
𝑈𝑑𝑑𝑁

𝜎
)

−0.018

   (9) 

 

The AARD for Eq. (9) was 9.6 %. Good 

agreement between the experimental and predicted 

values of the slip velocity by Eq. (9) was obtained 

over a wide range of holdups (0.01 to 0.362) and 

Reynolds numbers (59 to 1,067). Peterson [45] 

presented an investigation of the spray L-L extrac-

tion column operation using the hexane-water sys-

tem, with particular emphasis on the relationship 

between flow rates and dispersed-phase holdup. A 

preliminary study was made in a 4.445 cm outside 

diameter column to determine the mechanism of 

drop formation. At low dispersed-phase rates, drops 

of equal size formed on the dispersion plate. As the 

flow increased, a cone of dispersed fluid built up 

into the continuous phase and the drops broke off 

the tip of the cone in a variety of sizes. From tests 

performed in this small column (with a few holes in 

the dispersion plate), it is possible to predict the per-

formance of a plate with a large number of holes 

with respect to drop formation and approximate 

drop size distribution. This prediction is from the 

pressure drops across the plate in both cases. 

It is known that packing in the packed bed 

column helps to break up the drops of the dis-

persed liquid phase and can effectively inhibit the 

continuous phase from axial dispersion in the col-

umn [46]. Unlike in spray columns, the pressure 

drop in packed columns cannot be directly estimat-

ed for the dispersed-phase holdup. However, if an 

increase is made for the net downward or upward 

thrust on the packing because of the flow of the 

two phases in the column, it may be possible to 

estimate the pressure drop from the holdup data. 

The study of the dispersed-phase holdup in packed 

columns is, therefore, essential to understand the 

mechanics of the operation of L-L extraction col-

umns. The earliest measurement of the dispersed-

phase holdup was made by Appel and Elgin [26]. 

Pratt and co-workers [46, 47], and Laddha and co-

workers [48–50], gave effective correlations for the 

holdup estimation in packed extraction columns. 

Gaylar and Pratt [46] correlated the slip ve-

locity of the dispersed-phase drops relative to the 

moving continuous phase in a packed bed column 

by the following expression: 
 

𝑈𝑠 =
𝑈𝑑

𝑒ℇ𝑑
+ 

𝑈𝑐

[𝑒(1−ℇ𝑑)]
= 𝑈0(1 −  ℇ𝑑)     (10) 

 

Equation (10) was redefined in the following 

shape: 
 

𝑈𝑑

ℇ𝑑
+  

𝑈𝑐

(1−ℇ𝑑)
= 𝐶𝐵(1 −  ℇ𝑑)             (11) 

 

where the relationship for CB was defined by di-

mensionless analysis [46]: 
 

CB = C11[
𝐴/(𝑒3𝑔)

𝑐/
]

−0.5

                 (12) 

 

where C11 is the constant. 

By substituting the expression for CB from 

Eq. (12) into Eq. (11), it is possible to obtain the 

following generalized correlation for some of the 

packing elements, such as Raschig rings, Lessing 

rings and Berl saddles [46]: 
 

[
𝑈𝑑

𝑈𝑐
+ 

ℇ𝑑

(1 − ℇ𝑑)
] [

𝑈𝑐
2𝐴

𝑔 𝑒2 (
𝑐


)]

0.5

= 0.683 ℇ𝑑 (1 −  ℇ𝑑) (13) 

 

The experimental data for Berl saddles and 

systems: a) 10 % glycerol-kerosene (10.16 cm i.d. 

tower, 20.0 mm Berl saddles), b) 20 % glycerol-

kerosene (10.16 cm i.d. tower, 9.525 mm Berl sad-

dles), and c) water-kerosene (10.16 cm i.d. tower, 

12.5 mm Berl saddles) [46] were plotted in terms 

of the following values: 
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[
𝑈𝑑

𝑈𝑐
+ 

ℇ𝑑

(1 − ℇ𝑑)
] [

𝑈𝑐
2𝐴

𝑔 𝑒2 (
𝑐


)]

0.5

 vs. ℇ𝑑(1 − ℇ𝑑) (14) 

 

It was observed from the mathematical anal-
ysis of the data presented in previous work that 
they agree with the correlation proposed by Si-
taramayya and Laddha [48]. These data show an 
AARD of 9.09 % and maximum deviation of           
± 26.94 %. 

In the case of spheres as packing elements, 
when the data were expressed in terms of Eq. (14), 
a straight line of a 0.973 slope was obtained by the 
mathematical analysis of the data and compared to 
0.683 for Raschig rings, Lessing rings, and Berl 
saddles. The average percentage deviation of all 
points for spheres was 10.86 % and the maximum 
deviation was ± 31.48 %. Eighty-nine per cent of 
all the points had an error of ± 15 %. 

 

3.2. Dispersed-phase holdup and drop size 
 

The knowledge of drop size is of fundamen-
tal importance in the design of L-L extraction col-
umns. Because of its effect on the mass transfer 
coefficient, dispersed-phase drop behavior is one 
of the most important parameters in L-L extraction 
columns [10]. Drop size affects the dispersed-
phase holdup and residence time and allows 
throughputs. It is by no means easy to predict the 
drop diameter as a function of the column geome-
try, physical properties of the L-L system, and the 
direction of mass transfer. Kumar [51] investigated 
the behavior of L-L extractors, with special refer-
ence to spray columns, pulsed sieve-plate columns 
and mixer-settlers. Drops in spray columns can be 
formed individually or by the breakup of jets. 
Based on 484 data points for 12 L-L systems from 
8 different sources, correlations of drop size were 
developed for the single drop and jetting regions in 
terms of physical properties and nominal nozzle 
velocity which predicted the drop diameter with an 
AARD of 9.7 %. A general correlation treating 
nozzle velocities up to the critical velocity was also 
presented which predicted the drop size with an 
AARD of 9.5 %. The concept of slip velocity was 
used to correlate the dispersed phase hold-up in 
spray columns. The drag coefficient defined by 
Barnea and Mizrahi [52] was modified and the slip 
velocity data in the intermediate zone and lower 
range of the turbulent zone correlated. The pro-
posed correlation, which predicts two values of the 
dispersed-phase holdup corresponding to loose and 
dense-packed dispersions, has a practical value of a 
simple correlation over the determined range of the 
Reynolds numbers covered. 

The average drop size in most of the investi-

gated two-phase liquid-liquid systems can be ex-

pressed as the Sauter mean drop diameter,D32, in 

the form: 
 

𝐷32 = 
∑ 𝑛𝑖𝑑𝑖

3

∑ 𝑛𝑖𝑑𝑖
2                               (15) 

 

Seibert and Fair [11] proposed a new equation for 

the prediction of the Sauter mean drop diameter in 

spray and packed extraction columns, which was 

independent of the phase velocities, as follows: 
 

𝐷32 = 1.15 η (
𝜎

𝑔
)

0.5
                  (16) 

 

where  is a correction factor calculated from the 

experimental drop diameter data downloaded from 

the literature. Its values are η = 1.0 for no mass 

transfer or transfer from the continuous to the dis-

persed phase and η = 1.0 – 1.8 for mass transfer 

from the dispersed to the continuous phase. Perrut 

and Loutaty [53] presented an empirical relation 

for the Sauter mean drop diameter as a function of 

Eö number, as follows: 
 

𝐷32 = 2.07 (1 − 0.193 𝐸ö), 0.011 Eö 1.70   (17) 
 

Vedaiyan et. al. [54] developed a correlation for 

D32 in the shape: 
 

𝐷32 = 1.592 (
𝑈𝑁

2

2 𝑔𝑑𝑁
)

−0.0665

(
𝑔

𝜎
)

−0.5
  (18) 

 

Kumar and Hartland [55] presented an equation for 

the limiting value of drop size in the absence of 

agitation or at low levels of agitation in L-L extrac-

tion columns in the following form: 
 

𝐷32= C12(
𝜎

𝑔
)

0.5
                       (19) 

 

where C12 is the constant, which is a function of 

the column geometry, mass transfer, and character-

istics of the L-L system investigated. For example, 

for the L-L system n-butyl alcohol-water, constant 

C12=1.3 in a rotating disk column, but in pulsed 

perforated-plate columns constant C12 = 0.92 [50]. 

Kumar and Hartland [55] also showed a new em-

pirical relation in which D32 was a function of the 

Weber and Eötvös numbers: 
 

D32 = 1.59 dNWe-0.068𝐸ö−0.278for 0 We 2   (20) 
 

The AARD for this equation was 11.87 % [49]. 

Varfolomeev et al. [38] presented two corre-

lations for the prediction of the Sauter mean drop 

diameter for spray extraction columns: 
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Eöd = 2.86 ReN
-0.125 S-0.043for ReN = 4.6 – 190 (21) 

 

Eöd = 0.86 𝑅𝑒𝑁
−0.125S-0.043 (1 – ℇd)-1.5 (

𝑑

𝑐

)-0.65  

 

for                    ReN = 430 – 1200                       (22) 
 

The drops in the packed columns were de-

termined simply by the ratio of interfacial tension 

to buoyancy forces, the constant of proportionality 

in the correlation being a function of the physical 

properties. The treatment of spray columns was 

similar to that used for agitated columns, except 

that the drop size at high nozzle velocities (jetting 

region), was regulated by the ratio of interfacial to 

kinetic energies [38]. 

Kumar and Hartland [55] developed unified 

correlations of the Sauter mean drop diameter in 

eight different types of extraction columns, name-

ly, rotating disc, asymmetric rotating disc, Kühni, 

Wirz-II, pulsed perforated-plate, Karr reciprocat-

ing-plate, packed, and spray columns. The equa-

tion for the spray extraction column was: 
 

𝐷32 =
𝐶𝑂

1 

𝐶𝐾(
6 𝑑𝑁𝜎
𝑔

)

1
3

 + 
1

𝐶𝐿(
12 𝜎

𝑑𝑈𝑁
2 )

                    (23) 

 

On the basis of 743 measurements, the val-
ues of parameters CK and CL determined by using 
Marquardt`s algorithm [56] were 1.0 and 2.04, re-
spectively. The data for c d direction of heat and 
mass transfer were found not to be significantly 
different from those without transfer, so CO = 1.0 
for these two cases. For dc transfer, the opti-
mized value of CO was 1.06. The AARD in the 
predicted values of D32 from the experimental 
points was 13.0 % [55]. 

The correlation for the packed bed extrac-

tion columns given by the same authors [55] has 

the following shape: 
 

𝐷32= 0.74CC(
𝑑 𝜎

𝑊
2  𝜎𝑊

)
−0.12

(
𝜎𝑊

𝑔
)

0.5
     (24) 

 

in which w = 998.0 kg/m3 is the density of water and 

σw = 0.0728 N/m is the surface tension of water at 20 
oC. The values of CC are 1.084, and 1.23 for no mass 

transfer and cd, as well as dc directions of mass 

transfer, respectively. Equation (24) reproduces the 

drop size data in an AARD of 15.7 %. 

Chun and Wilkinson [57] measured the drop 

size and holdup in a continuous counter-current 

extraction spray column of a 22.7 mm i.d. under 

near-critical and supercritical conditions. The drop 

size was measured by the analysis of images and 

the dispersed-phase holdup by the shut-off method. 

The systems studied were 2-propanol-water (5 and 

10 vol. %) and ethanol-water (10 vol. %) extracted 

with carbon dioxide, at temperatures from 25 to 

45 °C and pressures from 6.9 to 13.8 MPa. The 

experimental data were correlated with the physi-

cal properties of the system and the flow character-

istics: 
 

𝐷32= 1.909 dNWe-0.0028Eö-0.1457, 
 

for                        0.005 We 2                        (25) 
 

The model developed to predict the drop 

size agreed successfully with the experimental da-

ta, with an AARD of 17.85 % [57]. 

Ghorbanian et al. [29] measured the size of 

drops in an extraction spray column by the direct 

photography method and obtained the Sauter mean 

drop diameter accordingly. They then assessed two 

types of models using dimensionless analysis and 

appropriate software. In the first type of models, 

the correlation was established based on dimen-

sionless parameters similar to accessions defined 

by other researchers: 
 
𝐷32

𝑑𝑁
 = 2.05306336 We0.031179 Eö-0.2622783   (26) 

 

where We is the Weber number, and Eö is the Eöt-

vös number. This model has a strong statistical 

basis and can predict D32 very well. The AARD 

was 7.92%. In the spray column [29] five chemical 

systems with different interfacial tensions were 

used: a) butanol-water, b) benzene-water, c) tolu-

ene-water, d) cumene-water, and e) heptane-water. 

In the second type of models, dimensional parame-

ters were used, and therefore a new model was in-

troduced for multi-drop extraction columns: 
 

𝐷32= 𝑑𝑁
0.496302𝜎0.221950()−0.227903𝑈𝑁

0.064360 

(27) 
 

In the second type, four dimensional param-

eters (dN, σ, ∆ρ, UN) were selected as the most ef-

fective variables on drop size diameters, and mod-

elling results showed prediction of drop size diam-

eters with an AARD of 5.82%. In other cases, with-

out using "UN" as a variable, the amount of error 

was decreased to 5.73 %, which showed better fit-

ting. 

The effect of the holdup on the Sauter mean 

drop diameter and the effect of D32 on the terminal 

velocity were investigated in a spray extraction 

column [58]. Three L-L systems were used in the 

experiments: toluene-acetone-water, n-butanol-

acetone-water, and cumene-acetone-water. An in-

crease in the holdup had two special effects on the 
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mean drop size, D32. At first, D32 increased with 

increasing holdup, but when the holdup values ex-

ceeded a specific point, D32 decreased with an in-

crease in the holdup. Therefore, the D32 holdup 

curve would have a maximum. In addition, the 

smallest and largest D32 referenced to the n-

butanol-water-acetone system and the cumene-

water-acetone system, respectively. The terminal 

velocity increased with the enhancement of D32. 

After reaching a maximum, the terminal velocity 

diminished with increased D32. Moreover, the ter-

minal velocity of the n-butanol-water-acetone sys-

tem was less sensitive to D32 growth in comparison 

with that of the other two systems [58]. Empirical 

correlations derived to predict D32max and the ter-

minal velocity were in good agreement with the 

experimental data. The derived correlations were 

compared with other researchers’ work and the 

results were in satisfactory conformity [58]. Ac-

cording to the general equation obtained by using 

dimensionless analysis, in which D32 is a function 

of phase velocities, physical characteristics of liq-

uid phases, gravity acceleration, the dispersed-

phase holdup, and nozzle diameter, Salimi-

Khorshidi et al. [58] derived a correlation for the 

maximum value of D32, as follows: 
 
𝐷32𝑚𝑎𝑥

𝑑𝑁
 = 1.33 ℇ𝑑

0.51𝑊𝑒𝑐
−0.16𝑅𝑒𝑐

0.31       (28) 

 

The AARD, calculated from the standard re-

lation for all the liquid-liquid systems, was 5.64 %. 

It is significant that, in this paper [58], the 

maximum Sauter mean drop diameter was investi-

gated and correlated for the first time in a spray 

extraction column. By comparing the final selected 

correlation with the experimental data, it was ob-

served that the correlation mentioned above had an 

error of about 4.22 % compared to the empirical 

data that showed good accuracy of this correlation. 

The effects of the holdup on the Sauter mean drop 

diameter in spray and packed extraction columns 

were also studied by Salimi-Khorshidi et al. [58]. 

They determined that D32 was smaller for the 

packed column in comparison with that of the 

spray column. Furthermore, for both packed and 

spray columns, two well‐defined regions for the 

dependence of D32 on the holdup were observed. 

The Sauter mean drop diameter increased and de-

creased with an increase in the holdup at low and 

high levels of the holdup, respectively [58]. 

On the basis of experimental data for the L-

L system toluene-acetone-water, Salimi-Khorsidi 

et al. [58] suggested two equations for spray and 

packed bed columns, respectively: 

𝐷32

𝑑N
= 8.60 (1 −  0.78 ℇ𝑑)1.65𝑊𝑒𝑑

0.42𝑅𝑒𝑑
−0.51 (29) 

 
𝐷32

𝑑N
= 4.98 (1 −  1.05 ℇ𝑑)0.64𝑊𝑒𝑑

0.26𝑅𝑒𝑑
−0.26 (30) 

 

The AARD was 1.69 % and 1.79 % for spray 

and packed bed extraction columns, respectively. 

The experimental data for the toluene-

acetone-water system were determined in a glass 

column with an inside diameter of 6.0 cm and a 

height of 120 cm [59]. The column was randomly 

loaded with Raschig ring packing (stainless steel 

with a height and diameter of 1 cm). The column 

was used as a spray extraction and a packed bed 

column, alternately. The authors [59] compared the 

derived Eq. (29) with Varfolomeev’s equations 

[38], i.e. Eq. (21) and Eq. (22). On the other hand, 

Eq. (30) was compared with GhaffariTooran's ex-

perimental data [59]. The deviation of Eq. (29) 

from Varfolomeev's correlations was equal to 28.5 

%. At the same time, Eq. (30) had a variance of 

about 16.8 % from Ghaffari Tooran's [59] experi-

mental data. 

 

3.3. Axial dispersion coefficient 
 

An important factor in understanding the 
fundamental transfer mechanism in counter-current 
liquid-liquid spray and packed extraction columns 
is the effect of the continuous-phase axial mixing 
(back-mixing). Both stage-wise and differential 
(diffusion) models may be used [60–69]. For com-
parative purposes, it is better to express the amount 
of back-mixing as the axial dispersion coefficient 
related to the diffusion model than as the backflow 
coefficient used in the stagewise model. Hazlebeck 
and Geankoplis [61] studied the values of axial 
dispersion coefficients experimentally in a spray 
extraction column with the L-L system methyl iso-
butyl ketone (MIBK)-water, in which water was 
the continuous and MIBK the dispersed phase, and 
compared their results with Brutvan [62], who 
studied axial dispersion in the aqueous continuous 
phase with 3-, 4-, 5-, and 6-mm glass beds as the 
dispersed phase. Hazlebeck and Geankoplis [61] 
used a column with a 3.5 cm i.d. and a length of 
93.0 cm, and Brutvan's columns had a 2.54-, a 
3.81-, and a 5.08 cm i.d. and a length of 151.13 
cm. Brutvan [62] found that the axial dispersion 
coefficient, Ec, decreased with increased continu-
ous-phase velocity, Uc, and concluded that an in-
crease in the dispersed-phase flow rate, Ud, corre-
sponded to a slight increase in the axial dispersion 
coefficient. For packed beds, Ec varied as Uc

1.0. 
Brutvan [62] found that Ec increased with column 
diameter, and that it decreased as the particle size 
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increased at constant velocities of the phases. His 
values for Pec number were considerably lower for 
the spray column than those found for packed beds. 

Hazlebeck and Geankoplis [61] did not 
measure the drop size, but it was probably about 
0.4304 cm, as pointed out by Henton and Cavers 
[64]. In the work [61], Ec values varied directly as 
the continuous-phase velocity to the 0.45 power 
(Uc

0.45) and were much higher than those found for 
packed beds of spheres. Hazlebeck and Geankoplis 
[61] concluded that Ec was independent of the dis-
persed-phase velocity over the Ud  range of 8.44 to 
10.30 cm/s. The Peclet number varied from 0.008 

to 0.023, and these values were about 1/10 as large 
as those found for packed beds of spheres. The 
experimental data for the axial dispersion coeffi-
cient, Ew, was plotted vs. the continuous-phase ve-
locity [61]. Equation (31) for the best line through 
the data presented in Table 1. These values of Ec at 
a given velocity Uc are several fold greater than the 
values for packed bed extraction columns [61]. On 
the other hand, on the basis of many literature data, 
Hazlebeck and Geankoplis [61] presented the fol-
lowing empirical correlation, Eq. (32), Table 1 , 
where a1 and b1 are the constants characteristic of 
the system investigated. 

 

 

               T a b l e  1 
 

The correlations of the axial dispersion coefficient for spray extraction columns 
 

Equation Number of equation References 

Ec = 9.00 𝑈𝑐
0.45 (31) Hazlebeck, Geankoplis [61] 

𝑈𝑐𝑑𝑝

𝐸𝑐
 = a1 (

𝑈𝑐𝑑𝑝𝑐

𝑐

)
𝑏2

 (32) Hazlebeck, Geankoplis [61] 

𝐸c (1 −ℇd)

𝑈𝑐dp
 = f (

𝑈𝑠𝑑𝑝 𝑐

𝑐

 )  (33) Henton, Cavers [64] 

𝐸𝑐

𝜈𝑐
 = 6.5 (

𝑈𝑠𝑑ℎ𝑐

𝑐

)
0.987

ℇ𝑑
0.8143.89 (34) Zheleznyak, Landau [66] 

(
𝑈𝑐𝐷32

𝐸𝑐
) (

𝑈𝑑

𝑈𝑐
)

0.5
 = a2 EXP (𝑏2 

𝑈𝑁𝑑𝑁𝑐

𝑐

) (35) Laddha et al. [68] 

𝐸𝑐 = 3.4310-4𝑈𝑐
0.42 for 𝑈𝑐 4.5 mm/s (36) Geankoplis et al. [69] 

 

 

Henton [63] studied the back-mixing of the 
continuous phase in L-L spray columns of various 
geometries for various flow rates of the two phases 
and drop size distributions. The axial mixing of the 
continuous phase was characterized by the disper-
sion or eddy diffusion model. The axial eddy diffu-
sivities from the results of Henton [63] were calcu-
lated by the steady-state form of the model, to de-
termine whether the axial eddy diffusivity was inde-
pendent of the continuous-phase flow rate and col-
umn height. Low dispersed-phase flow rates and 
large drop sizes resulted in high axial eddy diffusivi-
ties. Increasing the column diameter to 7.62 cm re-
sulted in superficial axial eddy diffusivities between 
6.3 and 17.3 times larger [63]. The holdup increased 
approximately linearly with increasing dispersed-
phase velocity and tended to be slightly higher for 
increased continuous-phase superficial velocities. A 
smaller drop size resulted in an increased holdup 
[63]. The mixing cell-packed bed analogy was used 
to predict the Peclet numbers in a spray column. 
The agreement between these and the measured Pe-
clet numbers was good for drops of about 0.381 cm 
and 0.15 cm, but became progressively worse as the 
drop size was reduced [63]. 

Henton and Cavers [64] investigated the ax-
ial dispersion in the MIBK-water system, in which 
water was the continuous and MIBK the dispersed 
phase. With the exception of one experiment with 
a 7.62 cm i.d. column, they used 3.81 cm i.d. col-
umns. Henton and Cavers used the diffusion model 
to express the axial dispersion coefficient in the 
continuous phase of an L-L spray column. They 
found that Ec was unaffected by Uc over the veloci-
ty range investigated, but decreased with increased 
Ud. It increased with drop size at constant dis-
persed-phase velocity. However, Ec remained ap-
proximately constant with drop size when the 
number of drops per unit volume of column was 
kept constant. It was found that Ec increased with 
column diameter but was unaffected by column 
length. Based on their experimental data, Henton 
and Cavers [64] suggested Eq. (33), Table 1, which 
is a function of modified Pec and Rec numbers. 

Hozawa et al. [65] carried out experiments on 
the longitudinal mixing characteristics of the L-L 
spray column by the rectangular pulse response 
method using 0.2N KCl solutions as the tracer and 
changing the orifice numbers and sizes of the dis-
tributor. Water and toluene were selected for the 
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continuous and dispersed phase, respectively. The 
dispersion model was found to express well the lon-
gitudinal mixing of the continuous phase. The axial 
dispersion coefficient was correlated as a function 
of the orifice diameter and the slip velocity between 
the dispersed and continuous phase. Zheleznyak and 
Landau [66] developed a new equation based on the 
experimental data in which the continuous phase 
was a liquid, but liquid, gas or solid particles were 
used as the dispersed phase, Eq. (34), Table 1. The 
best results in the correlation of the experimental 
data by Eq. (34) were obtained when solid particles 
were used as the dispersed phase. 

Henton et al. [67] investigated the analogy 
between the flow of a single-phase fluid through a 
packed bed and through a series of perfect mixers 
and extended it to L-L spray tower operation. The 
Peclet numbers for the continuous phase were pos-
sible to predict directly from the dispersed-phase 
holdups. Agreement with the experiment was rea-
sonably good for MIBK drops dispersed in water 
in a 3.81 cm i.d. column if the drop size was either 
0.36 cm or 0.41 cm. Laddha et al. [68] presented 
new data on the residence time distribution (RTD), 
axial mixing, and the Peclet numbers for both 
phases in the spray column for the MIBK-water 
liquid-liquid system. MIBK was dispersed in wa-
ter. The drop size distribution was of major inter-
est. The continuous-phase velocities affected RTD 
variance at high flow without a noticeable effect on 
the dispersed-phase RTD variance. Laddha et al. 
proposed a new empirical correlation, Eq. (35), 
Table 1, which was based on the variables in the 
function of the hole diameter of the distributor. In 
the two-phase MIBK-water system, the constants 
had the following values: a2 = 14 × 10–3 and b2 = 5 
× 10–4. The correlation given by Eq. (35) was 
checked in a relatively small number of two-phase 
systems and the values of AARD for the modified 
Peclet number were ± 19.0 % [68]. 

Geankoplis et al. [69] experimentally ob-
tained the longitudinal dispersion coefficients of 
the continuous phase in spray type L-L extraction 
columns. They used columns of different lengths 
(2.0-, 33.0-, 93.0-, and 174.0 cm) and two internal 
column diameters, of 2.70- and 3.58 cm. The L-L 
system used was MIBK-water, in which water was 
the continuous and MIBK the dispersed phase. The 
method used was unsteady-state measurements of a 
0.1N KCl solution as the tracer. Increases in the 
continuous-phase velocity greatly increased the 
axial dispersion coefficient and increases in the 
dispersed-phase velocity decreased Ec. Small dis-
persion coefficients were found for small tower 
length and these coefficients increased as the tower 
length increased. Also, at long lengths, where the 

end effects become negligible, Ec was independent 
of the length. A decrease in tower diameter from 
3.58 cm to 2.70 cm caused a decrease in Ec of ap-
proximately 20 % for a range of continuous-phase 
velocities. A comparison of the Peclet and Reyn-
olds numbers for spray towers with those for 
packed beds gave comparable values, indicating 
that a spray tower could be calculated as a diluted 
packed bed tower with a very high void fraction 
for the continuous phase. Using the data from this 
work and the data presented by Geankoplis et al. 
[69], the following equation, Eq. (36), Table 1, was 
obtained using the method of least squares [69]. 
The correlation coefficient in Eq. (36) is 0.94, with 
an average deviation of ± 8 %. 

Sovilj et al. [32] obtained the values of axial 

dispersion coefficient in the continuous phase for 

the toluene-water system in pilot plant extraction 

column. Dependence of the data for the Peclet 

number as function of the Reynolds number (Rec) 

for two-phase system is presented in Figure 2. It is 

evident from Figure 2 that when the Reynolds 

number increased, the Peclet number (Pec) in-

creased too. 
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Fig. 2. Reynolds (Rec) and Peclet (Pec) numbers relationship 

(dN = 0.15 cm) (Source: Sovilj et al. [32]) 
 

 

Moon et al. [70] investigated the hydrody-
namics of a packed column for the water (continu-
ous)-di-isobutyl ketone (dispersed) system. Two 
columns were used for their investigation: one for 
the low Reynolds number regime of single-phase 
flow, and the other for two-phase flow. To obtain a 
low Reynolds number value while maintaining a 
relatively small liquid-phase Schmidt number, 
glass beads of 0.01472 cm in diameter were 
packed into a cylindrical column of 15.875 cm in 
diameter and 67.056 cm high, fitted with 200-mesh 
stainless steel screens at each end between the grid 
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plate and the packing. The other column used for 
the two-phase investigation was packed with 1.905 
cm ceramic Raschig rings. They observed that the 
Peclet numbers were equal for the same Reynolds 
numbers, regardless of viscosity. They formed a 
comparison of their data on the liquid phase with 
experimental results obtained by McHenry and Wil-
helms [71] for the gas phase, and proposed an ex-
planation for the difference between gas and liquid 
Peclet numbers of transverse molecular diffusion in 
the packing void spaces. They suggested that at low 
Reynolds numbers, when "Taylor diffusion" con-
trols the dispersion behavior, the Peclet number is 
inversely proportional to the Reynolds number: 
 

𝜀𝑝 (𝑈01𝑑𝑝𝑝)

𝐷𝑚
 =  

𝐾1

[
𝜈𝑐

𝐷𝑚
 {

𝑈01𝑑𝑝𝑝𝑐
𝑐( 1−𝜀𝑝)

}]
             (37) 

 

where K1 is the constant. Also, at very low Reyn-
olds numbers, when axial molecular diffusion is 
controlled, the Peclet number decreases propor-
tionally to the Reynolds number: 
 

εp (𝑈01𝑑𝑝𝑝)

𝐷𝑚
 =  𝐾2 (

𝜈𝑐

𝐷𝑚
) [

𝑈01𝑑𝑝𝑝𝑐

𝑐(1−𝜀𝑝)
]       (38) 

 

Constant K2 depends on the porosity of the 
packing and the velocity profile of the fluid. The axi-
al Peclet number of the wetting dispersed phase de-
creases somewhat with decreasing continuous-phase 
flow rate and with increasing dispersed-phase flow 
rate. For the non-wetting dispersed phase, the Peclet 
number remains practically constant over the full 
range of Uc0 and Ud0 values studied (Uc0, Ud0, m s–1, 
are the overall interstitial velocity of continuous and 
dispersed phase, respectively). These variables are 
the overall interstitial velocities of the continuous and 
the dispersed phase. The other parameters are ex-
pressed in the same form as in Eq. (37). 

The rise in Peclet numbers at low Reynolds 
numbers, anticipated by Hennico et al. [72], does 
not occur, down to Reynolds numbers as low as 
0.04. The continuous-phase Peclet number is not 
affected by changes in the physical properties of 
the dispersed phase; however, the effect of the dis-
persed-phase density and viscosity changes was 
not studied. The Peclet number of the dispersed 
phase decreases as the continuous-phase flow rate 
increases, at constant dispersed-phase flow rate. 
Higher dispersed-phase Peclet numbers were ob-
tained for the system di-isobutyl ketone-water than 
for kerosene-water. This is believed to be due to a 
decreased average size of the dispersed-phase 
drops. Delgado [73] summarized and reviewed the 
phenomenon of dispersion (transverse and longitu-
dinal) in packed beds for a great deal of infor-
mation from the literature. Dispersion plays an im-

portant part in, for example, contaminant transport 
in ground water flows, miscible displacement of oil 
and gas, and reactant and product transport in 
packed bed reactors. There are several variables 
that must be considered in the analysis of disper-
sion in packed beds, such as the length of the 
packed column, viscosity and density of the fluid, 
ratio of column diameter to particle diameter, ratio 
of column length to particle diameter, particle size 
distribution, particle shape, effect of fluid velocity, 
and effect of temperature (or Schmidt number). 
Empirical correlations represented for the predic-
tion of dispersion coefficients. 

Han et al. [74] investigated the longitudinal 
and lateral dispersion coefficients at various axial 
positions in a packed bed in the Peclet number 
range from 102 to 104. Three different types of 
packing elements were used: uniform size parti-
cles, narrow size distribution, and wide size distri-
bution. In the case of uniform particles, the longi-
tudinal dispersivities were found to be strong func-
tions of the position in the bed unless the disper-
sion length satisfied a constraint dependent on the 
value of the Peclet number. Generally, the larger 
the Peclet number, the larger the required length 
for constant axial dispersivities to be achieved. In 
the case of wide size distribution, the longitudinal 
dispersivities were larger than in the uniform parti-
cle case, and they required a longer dispersion 
length to achieve a constant value. This suggests a 
characteristic length for dispersion larger than the 
mean hydraulic radius. The lateral dispersivities 
were found to be insensitive to the distribution of 
particle sizes or location in the bed. Han et al. [74] 
showed that the values of the longitudinal disper-
sion coefficient, for uniform-size packed beds, 
measured at different positions in the bed are a 
function of bed location unless the following ap-
proximate criterion is satisfied: 

 

𝐿

𝑑𝑝𝑝

1

𝑃𝑒𝑚
(

1 −𝜀

𝜀
)

2
≥ 0.30 or θ = 

𝐷𝑚𝑡

𝑑𝑝𝑝
2  ≥ 0.15    (39) 

 

These authors showed that for Pem  700, the 

longitudinal dispersion coefficients were nearly iden-

tical for all values of x = L, and for Pem  700 they 

observed an increase in the value of dispersion coef-

ficients with increasing distance down the column. 

Chung and Wen [75] developed an equation 

for the Peclet number based on the particle diame-

ter, Pep, in the following shape: 

 

εbPep = 0.2 + 0.011 𝑅𝑒𝑝
0.48           (40) 

 

Ligny [76] presented a simple correlation 

which consisted of two empirical relations. The 
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former lacks the molecular diffusion term, Dm, and 

the latter does not consider bed voidage: 
 

1

𝑃𝑒𝑝
=

0.7 𝐷𝑚

2 𝑅𝑝𝑈𝑖𝑡
 + 

1

(0.4 +
1.76 𝐷𝑚

𝑅𝑝𝑈𝑖𝑡
) 
               (41) 

 

In the work of Rastegar and Gu [77], a new 
correlation for the axial dispersion coefficient was 
obtained using experimental data in the literature 
for axial dispersion in fixed-bed columns packed 
with particles. 

 

1

𝑃𝑒𝑝
 = 

0.7 𝐷𝑚

2 𝑅𝑝𝑈01
 + 

𝜀𝑏

(0.18 + 0.008 𝑅𝑒𝑘
0.59)

      (42) 

 

The new axial dispersion coefficient correla-

tion in this work [77] was based on additional ex-

perimental data in the literature by considering 

both molecular diffusion and bed voidage. It is 

more comprehensive and accurate. The Peclet 

number correlation from the new axial dispersion 

coefficient correlation leads to 12 % lower Peclet 

number values on average, compared with the val-

ues from the Chung and Wen correlation, Eq. (40), 

and is, in many cases, much smaller than those 

from the De Ligny correlation, Eq. (41). 
 

 

4. CONCLUSIONS 
 

Hydrodynamic characteristics of different 

spray and packed extraction columns were compared. 

The behavior of two-phase liquid-liquid systems in 

spray and packed extraction columns was reviewed. 

The experimental values of slip velocity, dispersed-

phase holdup, mean drop size, and axial dispersion 

coefficient in two-phase systems from different litera-

ture sources were analyzed and discussed. The 

changes in slip velocity, the Sauter mean drop diame-

ter and the axial dispersion coefficient as a function 

of the dispersed-phase holdup and phase velocities 

were presented and remarked up on. Empirical corre-

lations for the slip velocity, the Sauter mean drop 

diameter and the axial dispersion coefficient, taken 

from the literature, were commented on and verified 

in terms of their applicability. 
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ABREVIATIONS 

 

a1, b1 - constants in Eq. (32) 

a2, b2  - constants in Eq. (35) 

A - superficial area of packing, cm2 

AARD - average absolute relative deviation, AARD = (100/NN) ∑ |
(𝑌𝑖

𝑒𝑥𝑝
− 𝑌𝑖

𝑐𝑎𝑙𝑐)

𝑌
𝑖
𝑒𝑥𝑝 | , %𝑁𝑁

𝑖=1  

d - average drop diameter, cm 

dh - hydraulic diameter, dh = {D (1 - ℇ𝑑)/[1 + 1.54 (𝐷
ℇ𝑑

𝐷32
)]}, cm 

dp - mean drop diameter, cm 

D  - column diameter, cm 

Db - axial diffusion coefficient, cm2 s–1 

D32 - Sauter mean drop diameter, D32 = 
∑ 𝑛𝑖𝑑𝑖

3

∑ 𝑛𝑖𝑑𝑖
2, cm 

D32max - maximum value of D32, cm 

dpp - particle diameter, cm 

Dm, - coefficient of the molecular diffusivity, cm2s–1 

dN - nozzle diameter, cm 

e  - packed bed porosity 

Ec - axial dispersion coefficient, cm2 s–1 

g - acceleration due to gravity, cm s-2 

L - height of the bed, m 

ni - number of the drops with the diameter of di 

Rp - radius of the particle, cm 

S  - dimensionless expression, S = (σ3 )/(
d
4g) 

t - time, s 

U0 - characteristic velocity, cm s–1 

U01 - mean interstitial velocity, cm s–1 

Uc - continuous-phase velocity, cm s–1 

Ud - dispersed-phase velocity, cm s–1 

UN - dispersed-phase nozzle velocity, cm s–1 

Us - slip velocity, cm s–1 

Ycalc - calculated value of operation characteristics, D32, Ec, Uc 

Yexp - experimental value of operation characteristics, D32, Ec, Uc
 

w - cross section factor 

q - tortuosity factor 

 

Greek symbols 

b - bed voidage 

d - dispersed-phase holdup 

p - porosity  

st - static dispersed-phase holdup 

θ  - dimensionless time 

 - relative viscosity,  = (c + d)/(0.667c + d) 

c - continuous-phase dynamic viscosity, g cm–1 s–1 

d - dispersed-phase dynamic viscosity, g cm–1 s–1 

f - dynamic viscosity of liquid phase, Pa s 

c - continuous-phase kinematic viscosity, cm s-2 

 - density difference between phases,  = c - d, g cm-3 

c - continuous-phase density, g cm-3 

d - dispersed-phase density g cm-3 

f - density of liquid phase, g m-3 

 - interfacial tension, g s-2 
 

Dimensionless numbers 

Ar - Archimedes number, Ar = (gd3c)/c
2 

Eö - Eötvös number, Eö = (dN
2g)/σ 

Eö - Eötvös number based on the Sauter mean drop diameter, Eöd = (𝐷32
2 g)/σ,  

Pep - Peclet number based on the particle diameter, Pep = (Uitdpp)/Db 

Pem - Peclet number based on the molecular diffusivity, Pem=(U01L)/Dm 

Re  - Reynolds number, Re = (Usdc)/c 

Reit - Reynolds number based on interstitial velocity, Reit = (2RpUit εbf)/f 

ReN - Reynolds number based on the nozzle diameter, ReN = (UNdNd)/d 

Rec - Reynolds number based on the continuous phase, Rec= (UNdNc)/c 

Red - Reynolds number based on the dispersed phase, Red = (UsdNd)/d.  

Rek - Reynolds number based on the molecular diffusivity, Rek = (Uitdppc)/c. 

Sc - Schmidt number, Sc = s/(s Dm) 

We - Weber number, We = (UN
2 dN)/σ 

Wec - Weber number based on the nozzle velocity, Wec = (UN
2dNc)/σ 

Wed - Weber number based on the dispersed phase, Wed = (UN
2 dNd)/σ 


